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Abstract: An Eulerian-Eulerian granular model was used 
to simulate the flow and heat transfer through a heated gas-
solid fluidised bed. The primary objective of the study was 
to determine whether the Eulerian-Eulerian granular 
model adequately predicts the chamber pressure drop, 
temperature, and bed expansion through the bed. The 
model predictions were assessed and validated for various 
flow-regimes, namely the fixed-bed, smooth, bubbling 
fluidisation, and the maximum fluidisation regimes. This 
was done on an experimental scale heated gas-solid 
fluidised bed. However, the results are generalisable for 
heated gas-solid fluidised beds when the flow is laminar. 
Numerical models were created using Computational Fluid 
Dynamics (CFD). The CFD-model predictions were 
investigated, analysed, and compared to experimental 
results. Basic experiments were carried out to obtain 
varying hydrodynamic characteristics. The results showed 
a slight overprediction of pressure drop and bed expansion, 
however, the results were still in close agreement with the 
experiment. In contrast, underprediction of chamber 
temperatures were obtained.  Based on the results of this 
study, it is recommended that the Eulerian model be used to 
predict dynamic flow behaviour.  Before minimum 
fluidisation, when in a fixed bed regime, pressure drop in 
the chamber increases with no increase in bed height.  No 
visible bubbles were present in the fixed bed regime.  When 
fluidisation has been reached, the bed height rises whereas 
the pressure drop tends to a constant value. Bubble size 
increases with chamber height and increased superficial 
velocities.  Bubble speed increased with increased chamber 
height.  With increased superficial velocity, the chamber 
temperatures increase to a maximum temperature of 326.65 
K with an initial heating element temperature of 373.15 K. 
However, when excessive heat is present in the gas-solid 
fluidised bed, other methods that sufficiently incorporate 
particle-particle interactions and bubble-bubble 
interactions, are recommended. An investigation should be 
lent to bubble-bubble interactions in the fluidised beds with 
relation to heat transfer. 

Additional keywords:  Heated fluidised bed, 
computational fluid dynamics, CFD, Eulerian, granular, 
fluidisation, gas-solid 

Nomenclature 
Roman 
𝐴𝐴 Cross sectional area, m2 
𝐶𝐶𝐷𝐷 Drag coefficient 
𝐶𝐶𝑃𝑃 Specific heat, J/kg mol 
𝑑𝑑𝑃𝑃 Particle diameter, m 
𝑒𝑒𝑠𝑠𝑠𝑠 Coefficient of restitution 
E Total Energy, J 
𝑓𝑓 Discrete solutions, Pa for Pressure, K for 

Temperature 
𝑓𝑓ℎ=0 Richardson extrapolation 
𝐹𝐹 Forces, N 
𝑔𝑔0,𝑘𝑘𝑘𝑘 Radial distribution 
𝑔𝑔0,𝑠𝑠𝑠𝑠 Radial distribution coefficient 
𝐺𝐺𝐺𝐺𝐺𝐺[𝑖𝑖] GCI estimated fractional error; i=fine, coarse or 

i=1,2,3 (diff mesh sizes) 
h Heat transfer coefficient, W/m2·s·K 
ℎ1 Coarse grid 
ℎ2 Fine grid 
ℎ𝑝𝑝𝑝𝑝 Heat transfer coefficient, J/m2·s·K 
𝐼𝐼2𝐷𝐷 Inertia, kg/m2 
J Diffusive flux, kg/m2∙s 
𝐾𝐾𝑝𝑝𝑝𝑝 Fluid-solid exchange coefficient, kg/m∙s 
𝑘𝑘𝜗𝜗𝑠𝑠 Diffusion coefficient, m2/s 
𝐿𝐿 Granular bed height, m 
𝑚𝑚 Mass, kg 
𝑚̇𝑚 Mass flow rate, kg/s 
𝑁𝑁𝑢𝑢𝑠𝑠 Relative Nusselt number 
𝑝𝑝 Static pressure, Pa 
∆𝑃𝑃 Pressure drop, Pa 
𝑃𝑃 Pressure, Pa 
𝑝𝑝𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓 Pressure (friction, particle, gas), Pa 
𝑃𝑃𝑃𝑃 Prandtl number 
𝑄𝑄𝑝𝑝𝑝𝑝 Heat exchange coefficient, W (J/s) 
𝑅𝑅𝑅𝑅𝑠𝑠 Relative Reynolds number 
𝑟𝑟 Grid refinement ratio 
𝑆𝑆ℎ Momentum source term 
𝑡𝑡 Time, s 
T Temperature, K 
𝑣⃗𝑣 Velocity vector, m/s 
𝜈𝜈 Kinematic viscosity, m2/s 

Greek 
𝛼𝛼𝑖𝑖  Volume fraction i=p,g 
𝛾𝛾 Granular bulb viscosity, kg/m∙s 
𝛾𝛾𝜗𝜗𝑝𝑝  Collisional dissipation of energy 
𝜀𝜀 Voidage 
𝜂𝜂 Drag modification factor 
𝜅𝜅𝑞𝑞 Thermal conductivity of gas, W/mK 
𝜇𝜇 Dynamic Viscosity, m2/s Pa·s 
𝜇𝜇𝑝𝑝,𝑓𝑓𝑓𝑓 Frictional viscosity of the particles, kg/ms 
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𝑣𝑣𝑏𝑏 Airflow through bed 
𝜌𝜌 Density, kg/m3 
𝜏𝜏 Shear, Pa 
𝛽𝛽𝐵𝐵 Fluid-particle friction coefficient, kg/m3∙s 
𝜗𝜗𝑖𝑖 Granular temperature where i = p,g, K 

Subscripts 
𝑔𝑔 Gas 
𝑝𝑝 Particles 
𝑠𝑠𝑠𝑠 Superficial 
𝜑𝜑𝑔𝑔𝑔𝑔 Energy exchange between the gas and particle phase 
𝑞𝑞 qth phase 

1 Introduction 
Gas-solid fluidised beds are commonly used in applications 
such as fluid bed dryers which, in turn, are extensively 
applied in the chemical, pharmaceutical, food, dairy and the 
dyes industries [1,2].  Gas is introduced into the system with 
a velocity that imposes a high enough drag to overcome the 
downwards force of gravity [2].  Particles are separated from 
each other as they are partially suspended in the stream of the 
gas, causing the gas to behave in a fluid-like manner known 
as fluidisation [3].  During this state, the particles’ exposed 
surface area increases.  Surrounded by injected air, the 
particles dry out more effectively [4]. 

When the fluidised bed is exposed to low gas flow rates, 
the buoyancy force and surface tension govern the flow of the 
bubbles [5]. This phase occurs before minimum fluidisation 
is reached and is known as the fixed bed regime.  It has no 
significant change in the fluidisation conditions as the 
velocity of the gas is too low to suspend particles [6].  
Increasing the flow rate past that of the homogeneous 
fluidisation stage (minimum fluidisation) causes large 
instabilities resulting in bubble growth [6].  As the bubbles 
expand into a lower pressured section of the bed, they 
increase in size and move faster upwards with increased 
buoyancy [2,7].  Collisions with other bubbles are more 
frequent with these larger bubbles [6].  When ascending 
bubbles coalesce with each other, they create larger bubbles 
which results in an increased buoyancy force and a reduced 
drag force resulting in an upward acceleration and 
consequently an increase in velocity [6]. These bubble size 
changes affect the interfacial surface through which mass and 
heat transfer occur [8]. It should be noted that this is the case 
whereby the gas-flow is opposite to the gravitational axis.  

Pressure drop is also influenced by drag, fluid velocity, 
and flow rates, leading to it being a critical design parameter 
for fluidisation in fluidised beds [9]. Drag forces create a 
pressure drop across the bed [10] that opposes the 
gravitational force of the particles [11]. Minimum 
fluidisation occurs when this pressure drop sufficiently 
supports the weight of the particles [12]. Minimum 
fluidisation velocity characterises the hydrodynamics of the 
material behaviour inside a fluidised bed and can directly be 
linked to the bed height and flow conditions [6].   

Temperature control in fluidised beds promotes the 
transport process of heat and mass transfer [3,13].  Whilst 
mass-transfer does not take place in a non-reacting heated 
fluidised bed i.e., when chemical reactions are not present, it 
is important to account for mass transfer in reacting fluidised 
beds i.e. when chemical reactions are present [14]. Heat 

transfer is especially important to ensure minimal energy 
consumption [13]. Certain temperatures need to be 
maintained [6] to ensure a particular application is met (such 
as drying) [13]. Heat transfer takes place through conduction 
(particle-to-particle; particle-to-wall interactions), 
convection (gas-to-particle; gas-to-wall), and radiation 
(particle-to-gas; wall-to-gas) [15]. Radiation only becomes 
significant at high-temperature operations [2]. The fluidised 
beds have good fluidisation mixing characteristics due to 
moving particles that transport both mass and heat efficiently 
as the contact surface area between gas and particles 
increases [15,16].  

Bed expansion and voidage are closely related.  The 
voidage, in a granular system, is the fraction of the total 
volume or space between the solids within which fluid can 
flow [17]. The increase of bubbles results in the rise of the 
overall bed, which creates a bed expansion [4].  The bed 
expansion correlates with the voidage.  The voidage can also 
have an impact on the drag law that is used throughout the 
equations of momentum and continuity with an added drag 
force correlation [18]. 

Traditional CFD applications consist of two distinct 
approaches that form the basis for all derived methods.  The 
Lagrangian method focuses on particle-particle collisions and 
forces that act on a specific particle [18].  Conversely, the 
Eulerian method focuses on fully interpenetrating continua 
and the application of both the continuity and momentum 
equations [19]. Both methods conform to solving the 
continuity and momentum equations known as the Navier 
Stokes (NS) equations [19].  The Eulerian method is based on 
the Control Volume approach, whereas the Lagrangian 
method is based on a Control Surface approach [19]. The 
Lagrangian method assumes that the starting position is 
known and treats the subsequent position as the dependent 
variable.  In contrast, in the Eulerian method, a fixed position 
is required as the independent variable, with an initial desired 
position [20]. The Eulerian-method is one of the most widely 
used models because it results in a lower computational cost 
and simulation time for most cases [8,21]. 

Many studies simplify multiphase-systems represented by 
the EE-model, to a two-dimensional (2D) model 
[18,22,23,24] with uniformly spherical particles [8,23,25]. 
2D-models are easy to perform and develop quicker 
simulations [26], but with the disadvantage that they do not 
necessarily capture the proper physics [23]. Both 
overprediction and underprediction can occur in 2D-models 
[8,26].  Incorrect empirical constants and closures could also 
lead to overprediction or underprediction [8].  Variations in 
time-steps were observed in ranges 0,001 s to 0,0001 s 
[22,27,28,29,30]. Various studies show that the conductive 
heat transfer is more dominant in non-cohesive particles 
[31,32,33], which led to the disregard of conduction heat 
transfer and radiation in the CFD-model setup.  Parameters 
such as temperature, velocity and flow rate account for heat 
and mass transfer [1]. Pressure drop and temperature 
variations create some of the main effects of hydrodynamics 
and transport processes inside a fluidised bed. Apart from 
mathematics, multiphase flow modelling can be affected by 
the mesh, type of modelling approach, time-step between 
calculations, convergence, initial assumptions, and boundary 
conditions [34]. Each model needs to show a certain degree 
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of validity through these areas of influence, and the model 
needs to be verified by experimental results to ensure the 
validity of the application [35].  

The Eulerian-model consists of a reasonably realistic 
approach to scale-up studies of industrial-scale fluidised bed 
systems [36]. Research on Eulerian-models assists in 
bridging the gaps between predictions with current methods 
and ways to improve future methods. To understand the role 
of mass and heat transfer in the efficiency of fluidised beds, 
it is essential to consider the critical variables of pressure 
drop, temperature, bed height, superficial velocity, flow rate, 
and minimum fluidisation velocity.  Whilst there is a body of 
research that has studied the use of Eulerian-Eulerian 
granular models or Eulerian models coupled with the discrete 
element method (DEM) for such applications, such studies 
[37,38,39,40,41,42] typically focused on the temperature and 
voidage in the bed. Thus, this paper aimed at filling the gap 
in literature on the use of such a model to: 

1. Predict the temperature as well as the bed height and 
pressure drop. 

2. Assess the predictions when the interphase heat 
transfer is included via the commonly used Gunn 
correlation.  

3. Assess the model predictions under various flow-
regimes, namely the fixed-bed, smooth, bubbling 
fluidisation, and the maximum fluidisation regimes. 

This study aimed at investigating, analysing, and 
comparing predicted Eulerian-model results to experimental 
data. Basic experiments were carried out to obtain maximum 
hydrodynamic characteristics. Eulerian-methods were 
investigated to obtain correlations to pressure drop, 
temperature and bed expansion behaviours in a gas-solid 
fluidised bed.  The gas-solid fluidised bed contained Geldart 
group B particles and were exposed to laminar flow.  A fixed-
bed region and bubbling region were observed. Experiments 
were taken to understand the dynamic behaviour of the 
different flow regimes, as well as to act as a form of validation 
against the CFD-model. 

2 Experimental Set-up and Observations 
from Experiment 

2.1 Experimental set-up 
Experimental results were used to investigate the validity of 
the CFD-model.  Some of the main observations from the 
experiments are discussed. 

During these experiments, a Fluidisation and Fluid Heat 
Transfer Unit H692 was used.  The chamber was filled with 
Fused Alumina (Aluminium Oxide) particles.  Two probes 
were inserted, a pressure probe and a temperature probe. The 

set-up used for the experiment is visually presented in figure 
1.  A distributor is located at the bottom of the chamber. The 
probes were adjusted to specific heights to both sides of the 
heating element such as in figure 2. A voltage and current 
controller were used when additional heat was introduced in 
the chamber through a temperature fluctuation output of the 
heating element with a temperature of 373.15 K.  Table 1 
gives a summary of the initial conditions and properties of the 
heating element, gas and particles. Table 2 provides a 
summary of the particle properties. 

 
Figure 1 Experimental set-up [36] 

 
Figure 2 Experimental probe height [36] 

 

Table 1 Heating element, gas, and particle properties [36] 

Properties Values Units Properties Values Units Properties Values Units 
Heat element Gas properties Particles properties 

𝜌𝜌 8978 kg/m3 𝑃𝑃 101.3 kNm-2 𝑚𝑚𝑝𝑝 1.3 kg 
𝐶𝐶𝑃𝑃 381 J/kg mol 𝜌𝜌𝑔𝑔 1.204 kg/m3 𝑑𝑑𝑝𝑝 177 µm 
𝑘𝑘 387.6 W/mK 𝜈𝜈 1.326 x 10-5 m2/s 𝜌𝜌𝑝𝑝 3770 kg/m3 

 𝜇𝜇 1.597 x 10-5 m2/s 𝐿𝐿 70 mm 
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Table 2 Particle properties [36] 

Particle property Fused Alumina (white Aluminium Oxide) particles 

Particle type Geldart B particles 
Particle mass (kg) 1.3 

Mean particle diameter (µm) 177 
The density of the solid particle (kg/m3) 3770 

Average particle size range (µm) 125 to 350 
Grit size 80 

Minimum particle size (µm) 125 
Maximum particle size (µm) 274 
Granular material bed height 70 (tapped) up to 85 (untapped) 

Pour density approximation (kg/m3) 1620 

Shape Factor 0.73 
Initial Packing Poured (not vibrated) 

 

2.2 Experimental Tests 
Two experiments were conducted during this study.  In 
Experiment 1, readings were taken at specific positions in the 
fluidised bed by varying the airflow rate through the chamber.  
The flow rate was varied between 0.4 L/s and 1.7 L/s with a 
0.1 L/s interval. The experiment aimed to analyse the 
minimum fluidisation velocity, pressure drop, bed heights 
and temperature differences at a specific location. The two 
probes were kept at the same height as the heating element, 
near the bottom of the chamber. 

  In Experiment 2, readings were taken at two constant 
flow rates with varying probe heights. During the execution 
of the experiment, the probes were shifted vertically upwards 
at increasing increments of 20 mm.  The initial measurements 
were taken at 15 mm from the lower end of the chamber. The 
experiment aimed to analyse how fluid behaviour differed 
through the bed and included an investigation of pressure 
drop and temperatures. 

Both experimental procedures distinguish between 
decreasing flow rates and increasing flow rates.   
Experimental tests also distinguish between tests with no 
additional heat and experiments with additional heating.  The 
final distinction was made between a tapped and untapped 
case, where a tapped case consisted of tapping on the 
chamber with the knuckles.  This tapping compressed the 
particles to the desired bed height.  The compression related 
to voidage in the fluidised bed. 

2.3 Increasing versus Decreasing Initial Flow 
Rate 

The most significant differences between increasing and 
decreasing cases were obtained before minimum fluidisation, 
where increasing cases showed a higher pressure drop.  This 
difference can be observed in figure 3.  Increasing cases 
further proved higher pressure drops as the airflow had to 
overcome the initial surface tension of the particle bed when 
the flow increased.  This led to a drag force exerted onto the 
granular particle, creating a sudden dip in the increased case 
as the superficial velocity was increased. After minimum 
fluidisation was reached, the pressure drop converged to 
similar values for increasing and decreasing cases.  This 

proved that both increasing and decreasing flow rates could 
be used when the bed is completely fluidised. 

The difference between tapped and untapped conditions 
lies within the compaction of the particles by quantifying the 
volume of air trapped between them.  With increasing cases, 
the flow must overcome the initial surface tension.  With 
decreasing cases, the flow was already in motion and resulted 
in a resting phase.  Reducing flow rates resulted in a higher 
particle bed level.  This is due to the increasing cases 
frequently compacting the particles further because of 
gravitational forces over extended periods. 

2.4 Influence of Additional Heating 
Before minimum fluidisation, a higher-pressure drop was 
measured for the heated case.  This can be observed in figure 
4. The heated case caused the untapped conditions of bed 
height to fluctuate more. Additional heating influenced the 
rate at which minimum fluidisation was reached.  A heated 
case resulted in a minimum fluidisation velocity sooner than 
a case with no additional heat.  This resulted in shorter 
periods for a heated flow to be completely fluidised compared 
to a fluidised bed with no additional heat.  For the untapped 
conditions, nearly no difference was measured between a no-
heating and heating case after minimum fluidisation.  As for 
the tapped case, a higher-pressure drop was recorded than 
was the case for no additional heat. When averaging both 
increasing and decreasing flow rates together, heating cases 
showed a slightly lower overall pressure drop.   

 For an untapped condition with no additional 
heating, higher bed heights were obtained after minimum 
fluidisation compared to an untapped condition with 
additional heating. In contrast, tapped conditions with no 
additional heating resulted in a lower bed height compared to 
tapped conditions with additional heating.  The tapped 
particles’ bed level for heating conditions proved to increase 
less in overall height, whereas for all other conditions the 
particles’ bed level rapidly increased at minimum 
fluidisation, after which it increased less prominently.  
Therefore, no clear trend could be measured between no-
heating and heating cases, although a clear difference was 
noticeable. 
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Figure 3 Pressure drop versus superficial velocity, under 

increasing and decreasing flow rates for heating, 
tapped conditions to determine the minimum 
fluidisation velocity 

 
Figure 4 Pressure drop versus superficial velocity, under 

increasing flow rates for heating, no-heating, 
tapped, and untapped conditions 

2.5 Tapped versus Untapped Initial 
Conditions 

A tapped case relates to when the knuckles are used to tap on 
the bed chamber’s glass outer shell lowering the bed level to 
0.6m compared to an untapped bed level of 0.7 m. A 
difference was observed between a tapped and untapped 
condition where a tapped condition showed a higher pressure 
drop for all superficial velocities (typically around 100 Pa 
difference at maximum pressure drop).  For the pressure drop 
across the bed in the vertical direction, the pressure drop 
proved relatively the same at lower probe heights (closer to 
the bottom- densest packed areas), whereas, at a height of 
35 mm, the untapped condition experienced lower pressure 
drops than the tapped conditions.  Approximately, a 50 Pa 
difference was observed between tapped and untapped 
conditions over the probe height [36]. 

Similar temperatures were obtained in a stable state (after 
0.115 m/s) for both conditions whereas, at superficial 
velocities below minimum fluidisation velocity, the untapped 
temperature showed a 4.00 K higher difference.  All other 
temperatures had fluctuated differences between a 1.00 K to 
3.00 K pertaining to the superficial velocities. Nevertheless, 
by comparing temperatures obtained over the probe height, 
the untapped condition proved a 3.00 K to 4.00 K lower 

temperature. Therefore, untapped conditions tended to 
decrease the overall chamber temperature [36].   

Tapped conditions followed relatively the same trend 
whether additional heat was added or not.  Conversely, the 
untapped conditions measured a rapid increase in the case 
with no additional heat, though a smoother transition was 
present for the heated case. Considering the increased, heated 
cases, the tapped condition attained a higher particles’ bed 
level compared to the untapped condition.  The tapped case 
showed a sudden increase in the bed height at the minimum 
fluidisation velocity region, whereas the untapped conditions 
increased as before.  Higher bed heights were achieved with 
the tapped condition, whereas the untapped condition reaches 
the maximum bed height quicker at lower bed heights. 

3 CFD Modelling 

3.1 Model Geometry, Mesh, and Mesh 
Independence 

The numerical model consisted of a simple 2D-rectangle with 
a uniform air inlet from the bottom as in figure 5a. The salient 
boundaries as shown in figure 5a are A – inlet, B – outlet, C 
– bed walls and D – heating element. A heating element was 
added at the bottom centre. The mesh, as shown in figure 5b, 
was predominantly quadrilateral cells with inflation on both 
outside edges and around the heating element. The inlet was 
set as a mass flow inlet. The outlet boundary was set as a 
pressure outlet at atmospheric pressure. The bed walls were 
set as no-slip and the heater wall was modelled at a constant 
temperature heated wall. 

 

  
(a) (b) 

Figure 5 (a) Model geometry and salient Boundaries [36] (b) 
Computational mesh [36] 

Three different mesh sizes (2 mm, 1 mm, 0.5 mm) were 
assessed through the Grid Conversion Index (GCI) approach 
[43] to ensure mesh independence.  The GCI was calculated, 
as per table 3, for the mass weighted bed temperature and the 
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pressure drop. For both parameters the GCI was close to 1, 
indicating mesh independence on a base cell size of 0.5 mm.  

The Courant number was also used to validate 
convergence. A time-step of 0.0001 s was used to 
accommodate all residual variations to factors below 10-3 and 
energy below 10-6. Six flow rates were used to compare with 
the experimental values. The bed operated at Reynolds 
numbers below 2000, thus, the flow was modelled as laminar 
flow throughout the bed, ignoring the possibility of local 
regions of turbulence. 

3.2 Governing and Constitutional Equations 
The numerical method used throughout this study was the 
Finite Volume Method (FVM) based on the Navier Stokes 
(NS) equations [44]. The NS-equations consisted of three 
conservation equations: the conservation of mass, 
momentum, and energy [36]. Other equations acted as 
constitutional equations or as closure. These equations can be 
found in table 4. 

The model ran with a multiphase Eulerian model 
consisting of a continuous air phase as the primary phase, and 
a dispersed fused alumina glass beads particle as the 
secondary phase. Implicit volume fraction, parameter 
formulation, and energy equations were used. The secondary 
phase properties were modelled through the partial 
differential equation and a granular temperature model. Lift 
forces were insignificant compared to the drag forces [45]. 
Also, as the fluidised bed at hand operates under laminar 
flow, the lift and virtual mass do not have a significant effect 
on the CFD-model [11], therefore, have not been added. The 
incompressible flow was modelled with a uniform velocity 
inlet and a constant static pressure outlet. The particle phase 
was patched to the cell zone to a minimum fluidised bed 
height of 0.6 m. No slip-conditions were enforced at the 
walls. 

In two-phase flow, the drag equation relates the two 
phases, which led to it being the main constitutive equation 
[45]. The drag equation depends on the particle shape, 
particle surface roughness, particle cohesiveness, and particle 
size distribution [46]. Thus, the drag model needs to be 
chosen specifically for the Geldart group B gas-solid 
fluidised bed. The Gidaspow model has proven itself to give 
a good comparison for dense fluidised beds [47,48].  It is 
based on a combination of the Wen and Yu model [46] which 
is based on the Richardson and Zaki (1954) model and the 
Ergun equation [46,49]. The Gidaspow has two fluid-solid 
exchange coefficients depending on the gas volume fraction. 
The granular bulk viscosity gives the resistance of the 
granular particles for compression and expansion [36]. 

In the plastic regime at low flow rates, particles are 
stacked densely with low shear [46]. The volume fraction of 

the particles are near the packing limit, thus, stresses are 
generated due to friction between the particles [46]. The 
Schaeffer equation is used to calculate the frictional viscosity. 
Friction viscosity determines the limit of the maximum 
packing in the granular flow regime where the solids’ 
pressure decouples from the volume fraction [46]. For the 
Granular Temperature model, a partial differential equation 
is used. The transport equation is derived from the kinetic 
theory. The Syamlal et al. diffusion coefficient for granular 
energy is given by the drag modification factor [46]. The 
radial distribution function is critical in describing solid 
pressure which results from granular kinetic theory. The 
radial distribution acts as a correction factor that helps to 
modify the probability of collisions between the dense 
particles [44]. The volumetric rate of energy can be calculated 
using the temperature difference and interfacial area between 
phases. The heat exchange coefficient and the heat transfer 
coefficient [45] is calculated. 

The simulations were investigated in two-fold, with the 
Gunn-model incorporated as the heat transfer through 
convection, as well as a Standard-model that does not 
incorporate the Gunn-equations but keeps all other equations 
the same. 

3.3 Model solver setup 
All models were run in 2D-double precision with the transient 
solver.  A time-step of 0.0001 s accommodated all residual 
variations with 10-3 and energy below 10-6. All six flow rates 
converged in the iteration range between 10-25 iterations and 
proved to be most stable.  The Lengau-cluster from the Centre 
of High-Performance Computing (CHPC) was used to 
simulate results essentially quicker through parallel 
computing techniques.  Computational time was not reduced 
by the processing of the simulation but by the power of 
handling tasks simultaneously.  This was achieved using 
Amdahl’s law, which in effect reduces the time to finish the 
overall calculations.  For each final simulation, 192 cores 
(8 × 24 nodes) were used to simulate the CFD-models.  This 
significantly decreases the wall time compared to when only 
using a single computer (1 × 24 nodes).  The wall times for 
simulations at 5 s for all the flow rates averaged at 
approximately 7 hours per simulation on the cluster, 
compared to a 5 day simulation time for a single computer 
operator.   

Default settings were kept for the under-relaxation factors 
except for momentum of 0.2 [45] and granular temperature of 
0.2 [45]. These residual limits were set to <10-3 for all 
equations. The solution used higher order discretisation 
where possible to simulate realistic bubble shapes. Volume 
fraction did not perform well with higher-order discretisation 

Table 3 GCI-analysis for custom pressures and temperatures [36] 

Parameter f1 f2 f3 fh=0 GCI2,3 (%) GCI1,2 (%) Asymptotic range 
0.015 m 𝑇𝑇 K 312.00 310.99 309.33 313.57 1.04 0.63 1.01 
0.015 m ∆𝑃𝑃 Pa 363.71 354.67 347.10 308.12 16.76 19.11 1.05 
0.061 m 𝑇𝑇 K 312.00 311.00 308.02 312.51 0.61 0.20 1.01 
0.061 m ∆𝑃𝑃 Pa 1360.00 1274.40 1100.00 1442.52 19.10 7.58 1.24 
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and resulted in numerical instability congruent with Bakker’s 
[45] suggestion to use First-Order Upwind [47].  

The phase coupled SIMPLE scheme was used with a 
Least Squares Cell-based gradient. The PRESTO! pressure 
interpolation scheme was used with momentum, granular 
temperature, and transient formulations as Second-Order 
Implicit. Volume fraction was kept as First-Order Upwind. 

4 Results and Discussion 
When comparing the experiments with the numerical 
simulations, the tapped heated case for increasing flow was 
used throughout the analysis, as it was the most comparable 
method. Six flow rates were compared to the results from the 
obtained CFD-models. These flow rates correlate to specific 
superficial velocities.  In this paper simulation files would be 
referred to as their respective superficial velocity. The fixed-

bed regime was obtained at the minimum superficial velocity 
of 0.046 m/s. Minimum fluidisation occurred at 0.071 m/s.  
The superficial velocity that correlates to the experimental 
values and was the closest to minimum fluidisation, was at 
0.081 m/s. Only tiny bubbles developed, and slight motion 
was observed at the top of the particle bed surface level.  A 
stable mixing of particles and gas was obtained at 0.115 m/s, 
resulting in bubbling fluidisation. This acts as the base 
reference and was used where no other explicit mention was 
given to a different flow rate. Other flow rates compared in 
the bubbling fluidisation regime were at 0.150 m/s, 
0.162 m/s, and at maximum flow rate 0.196 m/s. The pressure 
drop, temperature and bed expansion were evaluated 
individually.   

Table 4 Model equations 

Continuity equation  𝜕𝜕
𝜕𝜕𝜕𝜕

(𝜀𝜀𝑘𝑘𝜌𝜌𝑘𝑘) + 𝛻𝛻 ∙ (𝜀𝜀𝑘𝑘𝜌𝜌𝑘𝑘𝑣𝑣𝑘𝑘) = 𝑚̇𝑚𝑘𝑘 ∑ 𝜀𝜀𝑘𝑘𝑘𝑘 = 1 𝑤𝑤ℎ𝑒𝑒𝑒𝑒𝑒𝑒 𝑘𝑘 = 𝑔𝑔,𝑝𝑝  
Momentum 
equations for both 
gas and particle 
phase 

𝜕𝜕
𝜕𝜕𝜕𝜕

(𝜀𝜀𝑘𝑘𝜌𝜌𝑘𝑘𝑣𝑣𝑘𝑘) + 𝛻𝛻 ∙ (𝜀𝜀𝑘𝑘𝜌𝜌𝑘𝑘𝑣𝑣𝑘𝑘𝑣𝑣𝑘𝑘) = 𝜀𝜀𝑘𝑘𝜌𝜌𝑘𝑘𝐹𝐹𝑘𝑘 + 𝛻𝛻 ∙ 𝜏𝜏𝑘𝑘 + 𝛽𝛽𝐵𝐵(𝑣𝑣𝑙𝑙 − 𝑣𝑣𝑘𝑘) + 𝑚̇𝑚𝑘𝑘𝑣𝑣𝑘𝑘  
𝑤𝑤ℎ𝑒𝑒𝑒𝑒𝑒𝑒 𝑘𝑘 = 𝑔𝑔,𝑝𝑝 & 𝑙𝑙 = 𝑔𝑔,𝑝𝑝 𝑎𝑎𝑎𝑎𝑎𝑎 𝑙𝑙 ≠ 𝑘𝑘 

  

Conservation of 
energy 

𝜕𝜕
𝜕𝜕𝜕𝜕

(𝜌𝜌𝜌𝜌𝑣𝑣𝑟𝑟) + 𝛻𝛻(𝑣𝑣(𝜌𝜌𝜌𝜌 + 𝑝𝑝)) = −𝛻𝛻�(ℎ𝑗𝑗𝐽𝐽𝑗𝑗)
𝑗𝑗

+ 𝑆𝑆ℎ 
 

Gidaspow-Fluid 
solid exchange 
coefficient for 
volume fraction 
rates of gas greater 
than 0.8 

𝐾𝐾𝑝𝑝𝑝𝑝 =
3
4
𝐶𝐶𝐷𝐷

𝛼𝛼𝑝𝑝𝛼𝛼𝑔𝑔𝜌𝜌𝑔𝑔�𝑣⃗𝑣𝑝𝑝 − 𝑣⃗𝑣𝑔𝑔�
𝑑𝑑𝑝𝑝

𝛼𝛼𝑝𝑝−2.65 
 [Gidaspow et al.] 

Gidaspow-Drag 
function 𝐶𝐶𝐷𝐷 =

24
𝛼𝛼𝑔𝑔𝑅𝑅𝑅𝑅𝑠𝑠

[1 + 0.15�𝛼𝛼𝑔𝑔𝑅𝑅𝑅𝑅𝑠𝑠�
0.687]  

Gidaspow- Fluid 
solid exchange 
coefficient for 
volume fraction 
rate of gas less than 
0.8 

𝐾𝐾𝑝𝑝𝑝𝑝 = 150
𝛼𝛼𝑝𝑝(1 − 𝛼𝛼𝑔𝑔)𝜇𝜇𝑔𝑔

𝛼𝛼𝑔𝑔𝑑𝑑𝑝𝑝
2 + 1.75

𝜌𝜌𝑔𝑔𝛼𝛼𝑝𝑝�𝑣⃗𝑣𝑝𝑝 − 𝑣⃗𝑣𝑔𝑔�
𝑑𝑑𝑝𝑝

 
 

Granular bulk 
viscosity 𝛾𝛾𝑝𝑝 =

4
3
𝛼𝛼𝑝𝑝2𝜌𝜌𝑝𝑝𝑑𝑑𝑝𝑝𝑔𝑔0,𝑠𝑠𝑠𝑠(1 + 𝑒𝑒𝑠𝑠𝑠𝑠) �

𝜗𝜗𝑝𝑝
𝜋𝜋
�
1
2
 

[Lun et al] 

Frictional viscosity 
𝜇𝜇𝑝𝑝,𝑓𝑓𝑓𝑓 =

𝑝𝑝𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠

2�𝐼𝐼2𝑑𝑑𝑝𝑝
 

[Schaeffer] 

Kinetic theory 
transport equation 

3
2

[
𝜕𝜕
𝜕𝜕𝜕𝜕
�𝛼𝛼𝑝𝑝𝜗𝜗𝑝𝑝𝜌𝜌𝑝𝑝� + 𝛻𝛻 ∙ (𝛼𝛼𝑝𝑝𝜗𝜗𝑝𝑝𝑣⃗𝑣𝑝𝑝𝜌𝜌𝑝𝑝)] = (−𝑝𝑝𝑝𝑝𝐼𝐼 + 𝜏𝜏𝑝𝑝):𝛻𝛻𝑣⃗𝑣𝑝𝑝 + 𝛻𝛻 ∙ (𝑘𝑘𝜗𝜗𝑠𝑠𝛻𝛻𝜗𝜗𝑝𝑝) − 𝛾𝛾𝜗𝜗𝑝𝑝+𝜑𝜑𝑔𝑔𝑔𝑔 

[Syamlal et  al.] 

Diffusion 
coefficient 𝑘𝑘𝜗𝜗𝑠𝑠 =

15𝑑𝑑𝑝𝑝𝜌𝜌𝑝𝑝𝛼𝛼𝑝𝑝�𝜗𝜗𝑝𝑝𝜋𝜋
4(41 − 33𝜂𝜂)

[1 +
12
5
𝜂𝜂2(4𝜂𝜂 − 3)𝛼𝛼𝑠𝑠𝑔𝑔0,𝑠𝑠𝑠𝑠 +

16
15𝜋𝜋

(41 − 33𝜂𝜂)𝜂𝜂𝛼𝛼𝑝𝑝𝑔𝑔0,𝑠𝑠𝑠𝑠] 
[Syamlal et  al.] 

Drag modification 
factor 𝜂𝜂 =

1
2

+ 𝑒𝑒𝑠𝑠𝑠𝑠 
[Syamlal et  al.] 

Solids pressure 𝑝𝑝𝑝𝑝 = 2𝜌𝜌𝑝𝑝(1 + 𝑒𝑒𝑠𝑠𝑠𝑠)𝛼𝛼𝑝𝑝2𝑔𝑔0,𝑠𝑠𝑠𝑠𝜗𝜗𝑝𝑝 [Syamlal et  al.] 
Radial distribution 

 𝑔𝑔0,𝑘𝑘𝑘𝑘 = 1
�1−𝛼𝛼𝑝𝑝�

+
3(∑

∝𝑘𝑘
𝑑𝑑𝑘𝑘

𝑁𝑁
𝑘𝑘=1 )

�1−𝛼𝛼𝑝𝑝�
2(𝑑𝑑𝑗𝑗+𝑑𝑑𝑘𝑘)

𝑑𝑑𝑘𝑘𝑑𝑑𝑙𝑙 
[Syamlal et  al.] 

Heat exchange 
coefficient 

 𝑄𝑄𝑝𝑝𝑝𝑝 = ℎ𝑝𝑝𝑝𝑝𝐴𝐴𝑖𝑖�𝑇𝑇𝑝𝑝 − 𝑇𝑇𝑞𝑞�  
where ℎ𝑝𝑝𝑝𝑝 = 𝜅𝜅𝑞𝑞𝑁𝑁𝑢𝑢𝑝𝑝

𝑑𝑑𝑝𝑝
 

where 𝑁𝑁𝑢𝑢𝑠𝑠 = �7 − 10𝛼𝛼𝑓𝑓 + 5𝛼𝛼𝑓𝑓2� �1 + 0.7𝑅𝑅𝑒𝑒𝑠𝑠0.2𝑃𝑃𝑃𝑃
1
3� + (1.33 − 2.4𝛼𝛼𝑓𝑓 +

1.2𝛼𝛼𝑓𝑓2)𝑅𝑅𝑒𝑒𝑠𝑠0.7𝑃𝑃𝑃𝑃
1
3 

[Gunn] 

 

http://www.saimeche.org.za/


Modelling of a Heated Gas-solid Fluidised Bed using Eulerian Based Models 
 

R & D Journal of the South African Institution of Mechanical Engineering 2021, 37, 45-57 
http://dx.doi.org/10.17159/2309-8988/2021/v37a6 

http://www.saimeche.org.za (open access) © SAIMechE All rights reserved. 

52 

4.1 Pressure Drop Results 
Pressure drop was obtained across the chamber by 
subtracting the ambient pressure from the pressure obtained 
at the specific probe location. After 95 mm, the probe was 
located above the particle bed surface level, resulting in a 
negligible pressure drop. 

4.1.1 Results with Relation to Probe Height 
During this study, 0.115 m/s was modelled for 10 s. Bubble 
size, coalescence, bubble motion and bubble frequency 
accounts for the motion of the fluid being dynamic, resulting 
in different localised pressure drops.  Figures 6 and 7 show 
the comparison between the simulation and experiment for 
both models at a 10 s simulation time for left and right 
pressure probes respectively. The Gunn-model and Standard-
model showed similar pressure drops.  At depths lower down 
in the fluidised chamber, the simulations slightly 
overpredicted the pressure drop, whereas above probe height 
of 50 mm, the simulation was in good agreement with the 
experiment, with occasional underprediction.  This can be 
due to more frictional tension obtained at the lower depths 
where more particles are present.  

 
Figure 6 Comparison between CFD-model and experiment 

for pressure drop at 10 s simulation time for the left 
probe 

 
Figure 7 Comparison between CFD-model and experiment 

for pressure drop at 10 s simulation time for the 
right probe 

These pressure drops also gave an indication of how the 
particles’ surface bed level rose as it adjusted to the 

significant pressure drop between gas and the particle bed. A 
difference between experiment and simulation can be seen 
where experimental values vary linearly, whereas the 
simulations deviated from linearity as observed via 
fluctuations. When experimental values were taken, the 
bubbles rose rapidly, not remaining long in contact with the 
probe.  When bubbles make contact with the pseudo-probe 
(used in the simulations), the pressure was captured at that 
exact time frame.  However, in experiment, this phenomenon 
happens rapidly, and the pressure probe being limited not 
being able to instantaneously capture the exact pressure. This 
can account for the difference in trends.  

The Gunn-model fluctuated between a 1.58 % and 
23.62 % deviation, whereas the Standard-model fluctuated 
between a 13.45 % to 74.94 % deviation against the 
experiment up to a 10 s simulation time.  The height 
differences were obtained lower in the bed where more 
particles were present and compressed. The Gunn-model 
indicated better agreement with the experiment, as expected.   
The CFD-models provided better agreement at higher probe 
height, leading to the neglection of taking surface tension into 
account.  The CFD-model only achieved complete 
fluidisation after 5 s simulation time.  The CFD-model 
compared very closely with previous research done by [26] 
who investigated a laminar gas-solid fluidised bed having a 
200 Pa difference between experiment and CFD prediction.  
In this study, both models indicated at most a 163.3 Pa 
difference.  Both are deemed as showing good agreement 
with experimental results for pressure drop. 

4.1.2 Results with Relation to Flow Rate 
For the following measurements, the flow rate was only 
calculated up to a simulation time of 5s where the CFD-model 
reached complete fluidisation.  From figure 8, it can be seen 
that the superficial velocities below 0.115 m/s proved stable 
data with fewer deviations to experimental data.  These flows 
were not exposed to rapid hydrodynamics before.  After a 
superficial velocity of 0.115 m/s, the CFD-model both 
overpredicted and underpredicted the experimental values 
dependent on the influence as a result of the presence of 
bubbles.  It was, however, clear that the overall trend was a 
slight overprediction in pressure drop at all superficial 
velocities.  The largest deviations were obtained at higher 
superficial velocities at 0.162 m/s with a 34.0 % and second 
largest at 0.150 m/s with a deviation of 29.5 %.  All other 
maximum deviations being less than 21.2 % providing good 
agreement with the experimental results. At 0.046 m/s, the 
maximum deviation of the experimental value in relation to 
the CFD-model was 10.5 %.  This was the lowest value 
recorded for all the compared flow rates.  At 0.115 m/s, a 
maximum deviation of 17.3 % was obtained. This shows 
acceptable agreement with the experiment.   

4.2 Temperature Results 
The temperatures presented in the results were calculated as 
a mass-weighted temperature of the particles and the gas. As 
particles and gas handle heat differently, the temperatures 
were calculated in the simulations by taking the temperature 
of each multiplied by their respective corresponding mass 
ratios (mass-weighted temperature).  The initial conditions of 
the chamber particles and air were taken at room temperature 
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with a heating element at instantaneous 373.15 K heat output.  
The initial chosen temperature also influenced the model 
output. An average room temperature of 300.15 K was used 
for all the models.   Small initial changes could affect the 
values obtained. 

4.2.1 Results with Relation to Probe Height 
From figure 9, the Standard-model observes greater 
fluctuation compared to the Gunn-model.  The Standard-
model took longer to reach steady fluidisation, whereas the 
‘new’ incoming airstreams from the distributor and the 
‘older’ airstreams already in the chamber mixed faster in the 
Gunn-model, accounting for less fluctuation in temperature 
at 10 s. The temperature fluctuations were dependent on the 
cold air entering from the air distributor and convection 
induced from the heating element source. The difference 
between the particle bed and chamber air was not as 
significant in the Gunn-model, because more convection took 
place. The steady-state temperature was only reached at a 9 s 
simulation time. When the heat transfer coefficient was 
introduced by the Gunn-model, heat was transferred both 
from particle-to-particle and particle-to-air. More energy was 
recognised in the system with the addition of the heat transfer 
coefficient resulting in quicker full fluidisation. As the new 
air entered the chamber, the particles and gas mixed giving 
rise to a lower chamber temperature than before. The gas did 
not transfer the heat as efficiently as the particles and 
decreased the temperature. 

 

 
Figure 8 Comparison between CFD-model and experiment 

for pressure drop 

The Standard-model showed overall the lowest 
temperature.  The Gunn-model proved to be in better 
agreement with experimental results. The Gunn-model 
produced an overall higher temperature than the Standard-
model.  In figure 9 both the error bounds for the untapped and 
tapped conditions are shown.  Both the Standard-model and 
Gunn-model fall below the tapped boundaries; however, the 
Gunn-model reaches the untapped lower boundary.  This 
indicates that even though the obtained temperatures are 
lower than the experiment, it is still in relatively close 
approximation.  The average difference is approximately 
6.00 K for the Gunn-model and 16.00 K for the Standard-
model.  From these values it is clear that a heat exchange 

coefficient needs to be added in order to effectively capture 
the thermal dynamics in the bed. 

 
Figure 9 Comparison between CFD-model and experiment 

for temperature versus probe height at 10 s. 

4.2.2 Results with Relation to Flow Rate 
A comparison was made between the tapped and untapped 
experimental conditions with the Gunn-model observation at 
5 s simulation time for varying superficial velocities.  A 
greater error bound was observed for the untapped condition 
than for the tapped condition.   

At superficial velocities below 0.115 m/s, higher 
fluctuations were observed in temperatures whereas, after 
0.115 m/s, the Gunn-model again reached the lower bound of 
the error bound for untapped conditions very closely.  It falls 
3.00 K short of reaching the error bound for the tapped 
conditions.  As values in the tapped bounds were desired, the 
overall observation was supported by observation in figure 10 
as an underprediction of chamber temperature.  The heat 
transfer coefficient could have influenced the temperature 
recorded, including initial ambient and heating element 
temperatures. The suggestion was made to model a gas-solid 
fluidised bed with heat transfer as a 3D-model instead.   

In the CFD-model, the heat output was stable at a constant 
rate of 373.15 K, whereas during the experiments the output 
fluctuated between 364.15 K to 383.15 K.  These “bursts” of 
energy output could be the reason for a marginal higher 
temperature difference against the CFD-model.  Low ambient 
temperature settings during CFD-modelling might also have 
an influence. Another influence on the temperature output on 
the model could have been the result of the heat transfer 
coefficient used.  It was therefore advised that future studies 
should consider the specific heat transfer coefficient being 
used in their evaluation criteria. 

The argument was made that a Lagrangian model would 
be able to capture temperature and heat transfer dynamics 
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more sufficiently than a Eulerian model improving heat 
transport captured between particles-particle interactions.  It 
was argued that more influence on the heat transfer through 
the bed could be expected for modelling the flow as a 3D-
model instead of directly reverting to the Lagrangian model.  
During the 2D-model only the circumference of the circular 
heating element dissipated heat whereas for a 3D-model the 
surface of the whole cylindrical heating element would assist 
in transferring heat.  The 3D-model would this consist of a 
region with greater heat output in all directions. 

 

 
Figure 10 Comparison between CFD-model and experiment 

for temperature versus flow rate 

4.3 Bed Expansion Results 
Bed expansion provides a degree of momentum coupling 
between the phases.  A higher bed expansion signifies greater 
significance for overall drag forces experienced by the 
particles [25]. 

4.3.1 Results with Relation to Flow Rate 
Bed heights were dependent on the amount of air entering the 
particle bed, bubbles pushed the particles up, which occupied 
more space. The bed expansion was overpredicted where the 
additional bed expansion could gather up between 2.3 to 
4.5 % of the overall chamber volume.  For the superficial 
velocities at and below the minimum fluidisation velocity, the 
bed height was in good agreement with the experiment 
ranging within the standard deviation error bound.  This can 
be observed in figure 11. The pressure drops at the highest 
superficial velocity indicated a 15.7 % overprediction.   In the 
bubbling regime, the bed expansion rose exponentially and 
increased in overprediction. Overprediction could indicate an 
overprediction in voidages for different flow regimes. 
Overprediction of bed heights further gave an indication of 
over-prediction in bubble frequency.   This was in line with 
the overprediction of the pressure drop for varying superficial 
velocities. The bed heights correlates to the voidages 
introduced into the system. Thus, overprediction of the bed 

height indicates an overprediction of voidage in size or 
frequency.   

 
Figure 11 Comparison between CFD-model and experiment 

for temperature versus bed heights 

4.3.2 Results of Flow Regime 
Each flow rate started with a voidage of 0.6 after which air 
was introduced to a stationary bed of particles for the 
specified flow rates (correlating with the superficial 
velocities). This corresponded to the voidage obtained when 
no flow rate was induced. Figure 12 shows the gas to solid 
fraction of the fluidised bed at a 5 s simulation time for all six 
superficial velocities. At 0.0461 m/s no visible bubbles are 
present indicating a fixed bed.  At 0.081 m/s only tiny bubbles 
are present with slight motion at the top where bubbles 
develop, corresponding to the minimum fluidisation velocity 
region.  Flow rates at 0.115 m/s to 0.196 m/s indicates larger 
and more prominent voidages with higher frequency of 
bubble formation. The greater the presence of larger bubbles, 
due to increased superficial velocities, the greater the 
deviation between experiment and CFD-model. Similarly, 
these differences can be observed in figure 13 which is 
represented by images from experiment with the 
corresponding flow rates and time frames.  Figures 12 and 13 
show similar trends with slightly less bubble formation in 
figure 13.      

Figure 14 shows the flow at a superficial velocity of 
0.115 m/s at 1 s to 10 s. In both figures the bubble behaviour 
can be observed as well as how it influences the bed 
expansion. The CFD-models showed similarities in bubble 
shape to experimental observation.  The specific bubble size 
was not determined.  It was evident that the model 
overpredicted the number of bubbles in the chamber. Every 
simulation for individual flow rates needed to surmount the 
initial surface tension of the bed.  This could have resulted in 
a higher bed expansion as higher superficial velocities gave 
rise to elevated bed heights, accounting for overprediction on 
these. The Algebraic Interfacial Area Density (AIAD) model, 
as defined by [50], where the bubble phase can be included 
as a ‘virtual’ third phase with mass transfer mechanisms, may 
be worth exploring for better resolution of the bubbles.

http://www.saimeche.org.za/


Modelling of a Heated Gas-solid Fluidised Bed using Eulerian Based Models 
 

R & D Journal of the South African Institution of Mechanical Engineering 2021, 37, 45-57 
http://dx.doi.org/10.17159/2309-8988/2021/v37a6 

http://www.saimeche.org.za (open access) © SAIMechE All rights reserved. 

55 

𝛼𝛼𝑝𝑝 0.0461 (m/s) 0.081 (m/s) 0.115 (m/s) 0.150 (m/s) 0.162 (m/s) 0.196 (m/s) 

       

Figure 12 Contours coloured by particle volume fraction (𝛼𝛼𝑝𝑝) for varying superficial velocities at 5 s of flow time 

0.0461 (m/s) 0.081 (m/s) 0.115 (m/s) 0.150 (m/s) 0.162 (m/s) 0.196 (m/s) 

      

Figure 13 Experimental results at varying flow rates at 5 s of flow time 

𝛼𝛼𝑝𝑝 1 (s) 2 (s) 3 (s) 5 (s) 8 (s) 10 (s) 

       

Figure 14 Time evolution of contours coloured by particle volume fraction (𝛼𝛼𝑝𝑝) at superficial velocity 0.115 m/s 

5 Conclusion  
The primary objective of the study was to determine whether 
the Eulerian-models adequately predict the chamber pressure 
drop, temperature, and bed height of a gas-solid fluidised bed.  
The predictions were assessed under various flow-regimes, 
namely the fixed-bed, smooth, bubbling fluidisation, and the 
maximum fluidisation regimes. For values taken across the 
bed in a vertical direction at a superficial velocity of 
0.115 m/s, the Eulerian-model was in good agreement with 
experiment within a range of 21 % overprediction. The bed 
height was in line with the overprediction of the pressure drop 
trends.  The overpredicted bed expansion accounted for less 
than 4.5 % of the total volume of the chamber.  
Overprediction of the bed expansion stems from the 
overprediction of voidages (bubbles) in the fluidised bed. The 
Eulerian-model underpredicted the chamber temperature by 
6.00 K while falling 2.00 K short of being in the error bound.  

At a probe height of 15 mm, the Eulerian-model provided an 
underprediction against the experiment results within a 
7.00 K range across a superficial velocity range between 
0.0461 m/s to 0.196 m/s.  The overall temperature tests 
concluded an underprediction of chamber temperature trends.  

The proposed model provided good agreement with 
experiment. However, overprediction or underprediction is 
observed, particularly at flow rates beyond the minimum 
fluidisation velocity. Furthermore, the model overpredicted 
the size of the bubbles. 

Thus, further work needs to be carried out to develop a 
more versatile/robust model that provides greater accuracy 
beyond the minimum fluidisation velocity. Future work will 
also focus on the application of the AIAD model for better 
resolution of the bubbles.  In addition, Future studies can 
focus on how the particle size distribution and particle shapes 
influence simulations and how it compares with this study. 
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Research can also focus on defining the bubble-bubble 
interaction.  
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